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In this study, a novel flow-based method is presented to place catalytic nanopar-
ticles into a reactor by sol-gelation of a porous ceramic consisting of Rh/cerialzirconia
nanoparticles, silica sand, ceramic binder, and a gelation agent. This method allows
for the placement of a liquid precursor containing the catalyst into the final reactor
geometry without the need of impregnating or coating of a substrate with the catalytic
material. The so generated foam-like porous ceramic shows properties highly appro-
priate for use as catalytic reactor material, e.g., reasonable pressure drop due to its
porosity, high thermal and catalytic stability, and excellent catalytic behavior. To
investigate the catalytic activity, microreactors containing this foam-like ceramic are
employed for the production of hydrogen and carbon monoxide-rich syngas from bu-
tane. The effect of operating parameters such as the inlet flow rate on the hydrocarbon
processing is analyzed and the limitation of the reactor by diffusion mass transport is
investigated. © 2009 American Institute of Chemical Engineers AIChE J, 55: 1849-1859, 2009
Keywords: catalytic porous ceramic, butane-to-syngas processing, catalytic foam,

sol-gelation, Rh catalyst

Introduction

Ceramic foams or sponges are seen as a very promising ma-
terial for structured catalyst supports due to their porosity,
open-cell structure, thermal and chemical stability, and vari-
able thermal conductivity depending on the support material.
The typical fabrication procedure of such a catalytic foam is to
first generate a porous ceramic as support and then coat this
foam in a second step with the catalyst using different coating
methods." A very common method is the impregnation of the
calcined ceramic foam with a liquid precursor containing the
catalyst.>™ An interesting idea is to fabricate the ceramic
foam support by sol-gelation® or to use a sol-gelation method
to apply the catalyst on the ceramic foam support.”
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The novelty of the herein presented method is to fabricate
a foam-like porous ceramic containing a catalyst in form of
nanoparticles in a direct one-step method by sol-gelation
avoiding any separate coating or impregnation step.® Reitz-
mann et al.” claimed that a one-step method is usually not
possible due to the high sintering temperatures necessary for
sufficient mechanical stability of the porous reactor material
and that therefore ceramic foams typically have to be coated
with the catalyst in a second step. The basic idea of this
study is to use flow principles for the placement of catalysts
in reactors. A sol-gelation method is applied to directly fab-
ricate a catalytically active porous ceramic from a paste- or
gel-like precursor, allowing for the direct precise placement
of the catalytic ceramic in a reactor. This promises several
advantages compared with the conventional method of coat-
ing or impregnating a rigid ceramic foam with a catalytic
material in a second step after producing the inert ceramic
foam in a first step.
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The feasibility of such a sol-gelation foam containing cat-
alytic Rh/ceria/zirconia nanoparticles is tested by its catalytic
performance for butane-to-syngas processing. This process-
ing has already been undertaken with the same nanoparticles
in the form of packed beds with loose paI“[icles7 and using
an improved reactor design.® Conventional ceramic foams
coated with Rh have already been used for the processing of
different hydrocarbons.”™"' The idea of this study is to use
such a small-scale butane-to-syngas processor as part of an
entire micro SOFC (Solid Oxide Fuel Cell) system.12 Butane
is a very promising chemical fuel for this purpose due to its
high availability and simple storage in liquid phase at low
pressure.

Experiments
Preparation of ceramic foam

Nanoparticles made of Ce(sZrys0, doped with 2.0 wt %
rhodium were prepared in a one-step process by flame spray
synthesis as described in previous studies.”'*™!> To a dry
mixture containing 24.1 wt % Rh/ceria/zirconia nanoparticles
(average diameter: 10 nm), 72.2 wt % silica sand (Riedel-
deHaen, average diameter: 200 um), 0.9 wt % citric acid salt
(triammonium citrate, purum, >97.0%, Riedel-deHaen) as
gelation agent, and 2.8 wt % sodium metasilicate pentahy-
drate (purum, >97.0%, Riedel-deHaen) as ceramic binder a
similar mass of distilled water was added. The mixture was
manually stirred and finally placed in an ultrasonic bath,
both steps for about 300 s each. The relatively large silica
sand was used as a kind of buffer material to avoid hot spots
due to its thermal conductivity, to increase the average pore
size, and therefore, to decrease the pressure drop caused by
gas flow through the foam-like porous ceramic. The gelation
agent causes a gelation or foaming process which leads to a
significantly higher porosity at dried state than a comparable
packed bed of loose particles, as it is shown below in the
results section. The ceramic binder helps all catalytic and
SiO, particles adhere together and to the reactor wall.

By mixing the solid components with a liquid carrier and
by mechanical stirring, a gel- or paste-like, highly viscous
suspension could be generated. This paste could be easily
applied on a substrate or into a cavity by simply forcing it
to flow with a pressurized gas, by coating technologies (e.g.,
printing techniques), or by any other mechanical or flow
application methods. Once the paste was placed on a sub-
strate or in a reactor cavity, the paste was thermally treated.
To this end, the paste was heated up to 373 K at a low heat-
ing rate of 0.04 K s~ ' and kept at this temperature for 2 h to
evaporate all water inside the gel. The remaining rigid po-
rous ceramic does not need any further thermal or chemical
treatment and shows excellent stability avoiding the neces-
sity of sintering at high temperature.

Reactor

This novel method to produce a catalytic porous ceramic
was demonstrated in a quartz glass tube (length: 30 x 1072
m, inner diameter: 2 X 1073 m, outer diameter: 4 X 1073
m), where the gel-like foam precursor was pushed to the
center of the tube by pressurized air. The tested tubular
foam-like reactor (shown in Figure 1) had a reactor volume
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Figure 1. Schematic representation of the foam-like
porous ceramic reactor in a quartz glass
tube.

of 30 x 107° m® and accordingly a reactor length of 9.6 x
10~ m. When pushing the wet gel through the tube, no resi-
dues of the precursor material remained on the tube wall, as
it can be seen in Figure 1.

Catalyst characterization

The catalytic Rh/ceria/zirconia nanoparticles were charac-
terized in a previous study’ using the nitrogen adsorption—
desorption isotherms, Transmission Electron Microscopy
(TEM) and X-ray Diffraction (XRD) techniques. The nitro-
gen adsorption—desorption isotherms were measured at 77 K
with a Tristar (Micromeritics Instruments); the specific sur-
face area of the catalyst was calculated by applying the Bru-
nauer-Emmett-Teller (BET) model on the adsorption iso-
therm and used to calculate the mean particle diameter.” The
phase composition and formation of ceria/zirconia mixed
oxides was determined by X-ray powder diffraction on a
Stowe STADI-P2 (Ge monochromator, Cu Ka;, PSD detec-
tor).” The number of catalytically active Rh surface sites
was determined by hydrogen chemisorption using an ASAP
2010 (Micromeritics Instruments). The samples were reduced
at 400°C for 90 min using pure hydrogen and cooled down
to 40°C under helium atmosphere, as it has been done in a
previous study.® From the results of hydrogen chemisorption
measurements, the metal dispersion was calculated as molec-
ular hydrogen adsorbed dissociatively on Rh metal (H/Rh =
1).'8 Transmission electron micrographs (TEM) of fresh and
spent catalyst particles were recorded on a CM30 ST (Phi-
lips, 3 x 10° V voltage, point to point resolution 0.19 x
10~ m) equipped with an energy dispersive X-ray spectro-
meter (EDX) to analyze the chemical composition of the
particles qualitatively. For the TEM and EDX analysis, all
samples were dispersed in ethanol, prepared in an ultrasonic
bath, and deposited onto a carbon-coated TEM grid.® Dried
foam reactors were characterized by scanning electron mi-
croscopy (SEM).

Test setup

Butane (PanGas, 3.5, 99.95%) was mixed with synthetic
air (79% N,, 21% O,, PanGas, 5.6, purity of both species:
99.9999%), both at 2.5 x 10° Pa. The flow rates were con-
trolled by Low Delta-P flow meters (Bronckhorst), allowing
to operate the reactor slightly above the ambient pressure.
The butane/air mixture was fed into the reactor tube placed
inside a large tube furnace (MTF 12/38/250, Carbolite). The
reactor tube was heated over a length of 30 x 1072 m,
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ensuring practically isothermal conditions inside the reactor
placed in the middle of the furnace. The product gas leaving
the furnace was maintained at around 388 K to avoid con-
densation of water. The gas composition was analyzed by a
gas chromatograph (6890 GC) coupled with a mass spec-
trometer (5975 MS, Agilent), using a HP-MOLSIV and a
HP-PlotQ column (Agilent), respectively. Helium (PanGas,
5.6, 99.9996%) was added as an internal standard for GC
calibration. Under typical run conditions, the molar product
gas balances of C, H, and O were closed within 5%.

Catalytic testing procedure

Butane-to-syngas processing was performed in order to
test the catalytic behavior of the foam produced by the
herein presented sol-gelation method containing catalytic Rh/
ceria/zirconia nanoparticles. Using butane and dry air as inlet
gas mixture, Partial Oxidation (POX) writes as

C4H1() + 202 — 5H2 -+ 4CO. (1)

POX will be the most desirable reaction path for syngas
production from hydrocarbons. Another effective reaction for
hydrocarbon processing is Steam Reforming (SR), causing
butane to react with water:

C4Hy ¢ +4H,O — 9H, + 4CO. )

A second water consuming reaction which might take
place in a microreactor besides SR is Water Gas Shift
(WGS):

CO + H,0 — H, + CO». 3)

A well-performing butane processor should show high se-
lectivity toward POX products instead of Total Oxidation
(TOX) products of butane, which is written as

C4H9 + 6.50, — 5H,0 + 4CO,. 4)

The reactor was heated from room temperature up to 823
K at a heating rate of 0.21 K s™'. Before the reactor reached
the nominal oven temperature of 823 K and the inlet flow of
air/butane mixture was started, it was flushed with 3.33 x
1077 m® s at STP (standard temperature and pressure) of
air for at least 600 s. Each operation point was kept for at
least 1200 s before the GC/MS measurement was started to
ensure steady state. After the measurements, the tube oven
was turned off and the reactor was flushed again with 3.33
x 1077 m® s7' STP of air for about 3600 s while cooling
down to 623 K.

The experimental results were analyzed using characteris-
tic values quantifying the catalytic behavior of the catalytic
reactor, based on the mole fractions of the outlet gas meas-
ured by the GC/MS. The butane conversion # of the micro-
reactor is determined as the molar ratio between converted
butane and inlet butane,

_ NcyHyp,in — 7C4H g 0ut

&)

NC4Hg,in

The selectivities for hydrogen and carbon monoxide read

’;le,out
SHZ e
NH, out + NH,0,0ut

(©)
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and
Nnco,out

(N

Sco=7T""".
nco,out + 1CO, 0ut

To quantify the efficiency of the fuel processor, the exergy
of inlet and outlet flows were compared, using the definition
of molar flow availability &j”:

ay = [(h(T) = hi(To)) — To x (55(T) — 5;(T0))]
+R x Ty x In(X;) +a™", (8)
where X is the mole fraction of species j. The molar chemical
availability Elehem is defined for all necessary species.18 The
absolute molar enthalpies /; and molar entropies 5j include the
enthalpy and entropy of formation, respectively, and are
determined from the so-called JANAF tables.'” By multi-
plying the molar flow availabilities with the respective molar
flow rates, the hydrogen flow availability @, 0 the carbon
monoxide flow availability acoow. the total inlet flow
availability ae in, and the total outlet flow availability @ out
can be calculated, as shown in a previous study.20 As the
herein-presented reactor is considered as a component of an
entire micro-SOFC system, hydrogen and carbon monoxide
are assumed to be theoretically fully usable by the SOFC and
the exergetic efficiency g, co only considering H, and CO is
calculated by
,UH2+C0 _ Ay, out +‘aCO.out 7 (9)
Aot ,in
where the inlet flow availability is practically identical to the
chemical exergy of the inlet butane. As an SOFC is able to
convert a certain amount of CH, and C4H,( in presence of
H,O by internal reforming, the efficiency of the reformer
might consider the exergy output of other species than H, and
CO, which is accounted for by the total exergetic efficiency,

iy = otout. (10)

diot,in

where the real exergetic efficiency of the reformer is between
Hu,+co and i, depending on the performance of the SOFC
itself. The C/O ratio or equivalence ratio ¢ based on POX,
calculated as

AC, Hyp.in

¢ =2 x “Hoin an

10, in
was kept constant at 0.8 for all measurements. It has been
proven in previous studies”® that ¢ = 0.8 is an optimal
operating point for butane processing. The total inlet flow rate
Vgas_m was varied during experiments, resulting in a variation
of space time 7, defined as the ratio of reactor volume and total
volumetric flow rate at the reactor inlet,

— Vreactor ( 12)

Vgas.in

The space time is used as an approximation of the resi-
dence time. This approximation implies the assumption of
plug flow in the porous reactor, which is reasonable consid-
ering that the reactor tube diameter is one order of magni-
tude larger than the main particle diameter®' of around 200
x 107° m. The Peclet number is defined as
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Table 1. Structural and Diffusion Mass Transport Properties of the Foam Reactor

Total Inlet Flow Rate Vm[,in [m3s_1]

Viin = 3.33 x 1077

Vinax = 6.67 x 1077

C4H, reaction rate rc g, [mol kg’1 s 2.54 x 1072 494 x 1072
Outlet Inlet Outlet Inlet
C4H,o concentration Cc g, [mol m ] 9.22 x 10°° 1.189 9.24 x 10°° 1.189
SiO, Particles Rh/ceria/zirconia Particles
Min Max Min Max
Pore diameter dpore [m] 10 x 107° 50 x 107° 1 x107° 5x 1077
Knudsen number [—] 222 x 107° 1.11 x 1073 22.2 110.8
Molecular diffusivity D, [m* s~ '] 6.19 x 107
Knudsen diffusivity Dy, [m> s '] 1.83 x 102 9.13 x 10 1.83 x 1077 9.13 x 1077
Combined diffusivity Deomp [m* s~ '] 5.99 x 107> 6.15 x 107° 321 x 1078 1.59 x 1077
Porosity ¢ [-] 0.60 0.42
Effective diffusivity Degr [m? s~ '] 2.16 x 1077 221 x 1073 321 x 1078 1.59 x 1077
Bulk density ppui [kg m ] 1250 2690
Characteristic length Ly, [m] 3.33 x 107 1.67 x 107°
SiO, Particles Rh/ceria/zirconia Particles
Min* Max* Min* Max*
Weisz modulus ® [~] Vyin = 3.33 x 107" m3s™! 134 x 1073 1.78 x 1072 1.00 x 1077 6.42 x 10°*
Weisz modulus @[] Vipax = 6.67 x 1077 m? s~ 2.60 x 1072 3.45 x 1072 1.95 x 1077 125 x 1077

*For the minimal Weisz modulus, the maximal effective diffusivity of the specific level and the C4H;( concentration at the inlet for the specific flow rate have
to be taken into account. For the maximum Weisz modulus, the minimal effective diffusivity of the specific level and the C4H;, concentration at the outlet for

the specific flow rate have to be taken into account. Calculation example:

@, (Rh/ceria/ zirconia particles, Vi, )

2
’C4H10(Vmin) X pbulk‘Rh/ceriﬂ/Zircnniﬂ X (Lchar. Rh/ceria/zirconia) -

254 % 1072 x 2690 x (1.67 x 107°)
n 1.189 x 1.59 x 107

_ux drube

Pe ,
D¢

13)

where u is the Darcy velocity and D, the effective diffusivity
of butane in the porous medium. With D¢ from Table 1, the
Peclet number is 40.2. This indicates that mass transport in the
porous medium is dominated by the axial convection instead
of radial dispersion.”! Thus, the assumption of plug flow is
valid. Furthermore, the effect of the shear force by the reactor
wall on the radial velocity profile can be evaluated using the
shear boundary thickness ¢, depending on the gas permeability
i of the porous medium??:

5~ VK. (14)

Results
Structural analysis of porous ceramic

The bulk density of the catalytic bed (including all pores)
was determined as 1250 kg m * by measuring the volume
and the mass of the reactor. The skeletal density (excluding
all pores) of the solid material including silica sand and cata-
lytic nanoparticles was calculated to be 3130 kg m >, lead-
ing to a volumetric porosity of 60.0%. Accordingly, the
tested reactor of 30 x 10~° m’ contained 9.0 x 10 g of
catalytic Rh/ceria/zirconia nanoparticles.
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=1.00 x 107°

The pressure drop during the operation of the foam-like
reactor was measured continuously and the average pressure
drop for each flow rate is shown for the tested reactor in
Figure 2. The flow rate Vs averaged between the inlet and
outlet conditions. Because of the low velocities in the

00— T T T T ! T

; " T 3 1
700+ Slope of linear fit: aprM—S.IO-ID N-s/m

2]
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Figure 2. Pressure drop through the reactor of 30 x
10~° m® during butane-to-syngas processing
as a function of the averaged gas flow rate.
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Figure 3. SEM image of the porous ceramic showing
silica sand particles in the order 200 x 107
m and larger pores between them.

reactor, the pressure drop Ap shows good agreement to the
linearity proposed by Darcy’s Law,

vprL

Ap =
P A

x V. (15)

The gas permeability « is calculated to 3.42 x 10~'" m?.

The pressure drop Ap and the flow rates at inlet and outlet
were measured, and the values of kinematic viscosities v and
densities p are calculated from the measured gas composi-
tion, averaged between inlet and outlet of the reactor. A is
the known cross-sectional area and L the known length of
the reactor. Using the calculated gas permeability, the thick-
ness of the shear boundary layer can be estimated to be 5.8
x 107% m. This is around 170 times lower than the tube ra-
dius and shows again that the effect of the wall shear can be
neglected and the assumption of a uniform radial velocity
profile is well feasible.*

In SEM images, the structure of the silica particles of 200
x 107% m average diameter can be distinguished very well
with pores of some tens of microns between them (Figure
3). On the surface of these large silica particles, cracks and
pores of the order of 1 x 107° m can be detected (Figure
4). The relatively large SiO, particles are homogeneously
covered with a thin layer of Rh/ceria/zirconia nanoparticles
(Figure 5a). For better comparison, a mechanically and
intentionally destroyed part of the foam is shown in Fig-
ure 5b. On the right, a SiO, particle is partly covered with a
nanoparticle layer and on the left, the smooth surface of the
blank and uncoated SiO, particle is visible.

For its use as a catalyst material for any chemical reaction
process, e.g., for butane-to-syngas processing, it is essential
to know if the reactor operates in a reaction-limited or diffu-
sion-limited regime. To better investigate the mass transport
limitation of the presented foam-like reactor, the Weisz mod-
ulus for multi-scale systems (Table 1) is evaluated similarly
to earlier studies.”> From SEM images (Figures 3-5), two
critical levels can be estimated: On the one hand, the coarse
structure of the foam reactor is determined by SiO, sand par-
ticles of 200 x 107 ° m average diameter with pores in the
order of 10-50 x 107° m between them. On the other hand,
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Figure 4. SEM image showing cracks and pores in the
catalytic layer covering the larger silica par-
ticles.

these large particles are covered with a thin layer of catalytic
nanoparticles of 10 x 10" m average diameter. This cata-
Iytic layer has been assumed to be a close packed bed of

Figure 5. SEM image showing (a) the catalytic layer
consisting of nanoparticles with a porous
surface and (b) a partly covered SiO, particle
for comparison.
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Table 2. Average (j), Standard Deviation (a7, and Relative Fluctuation (rel. fluct. = o; / 'j) of Butane Conversmn, Hydrogen

Selectivity, and Carbon Monoxide Selectivity for Inlet Flow Rates of 3.33, 5.00, and 6.67 X 10~" m> s~

! at Standard State

Total Inlet Flow Rate Butane Conversion

Hydrogen Selectivity Carbon Monoxide Selectivity

Vietin[m® s 7' i oy rel. fluct. s, rel. fluct. Sco Osey rel. fluct.
3.33 x 1077 86.5% 0.45% 0.52% 88.1% 0.27% 0.30% 67.2% 0.29% 0.43%
5.00 x 1077 84.2% 0.20% 0.24% 88.5% 0.11% 0.13% 69.6% 0.26% 0.37%
6.67 x 1077 84.0% 0.34% 0.40% 89.3% 0.13% 0.15% 72.7% 0.16% 0.22%

spherical particles with a pore diameter of 1-5 x 10~ m. In
Table 1, the Weisz modulus ®, which is defined as

o= rC4H10 X Phoulk X L(Z:har (16)
Cc,Hyp X Degr

is evaluated for these two levels and for two different total
inlet flow rates (3.33 and 6.67 x 107’ m’ s~ !). The butane
reaction rate rc,p,, was calculated for both flow rates and the
butane concentration Cc,y,, measured at the inlet and
the outlet. The combined diffusivity D.mp, is calculated for
the minimal and maximal pore diameter estimated before,
taking molecular and Knudsen diffusion into account:

D = L—i— A (17)
comb — Dm DKn .

The molecular diffusion D,, of butane in air is estimated
by the Chapman-Enskog equation,24

1 1
+
M M
D =5.96 x 1072 x T3/2 5 Y2020 0 (1)
p X0, xQ

where the values for oy, (= 4.199 x 107 m) and Q (=
0.8823) are taken from literature.>* For the temperature 7, the
nominal reactor temperature of 823 K is used. All parameters
in Eq. 18 are used in SI units. The Knudsen diffusivity Dk,

reads®*
T
Dy, =48.5 x dpore X , (19)
MC4H|0

Considering the porosity of both levels, the effective diffu-
sivity Deg can be calculated™:

Detr = 82 X Deomp- (20)

The porosity and the bulk density of the overall regime
were measured and already shown before. For the layer of
nanoparticles, a close package is assumed, leading to a po-
rosity of 0.42 and a bulk density of the nanoparticles ppyx
of 2690 kg m . Finally, the characteristic length Ly, is
estimated for spherical particles®

Lehar = particle /6 (2 1))

As the resulting values show for both flow rates and both
levels, the Weisz modulus is significantly lower than unity
(® < 1). Therefore, the reactor is operated in a reaction-lim-
ited regime. The diffusion limitation is negligible compared
with the reaction rate of butane conversion. For the first
level of the larger silica particles, the Weisz modulus is
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between 1.34 x 1072 and 1.78 x 1072 for the lower tested
flow rate (Table 1). By increasing the flow rate to the high-
est flow rate tested, the Weisz modulus almost doubles.
Nevertheless, even for the most conservative estimation and
the highest flow rate, the Weisz modulus is below 3.5 x
1072, For the second level, considering the gas diffusion in
the layer of nanoparticles, the reaction rate is 7-9 orders of
magnitude faster than the diffusive mass transport.

Catalytic stability test

Before investigating the effect of operational parameters
on the catalytic performance of the foam-like reactors, the
catalytic stability of a reactor was tested. Within the first
hour of operation, the catalytic behavior was slightly unsta-
ble. After 1 hour however, the catalytic performance was
very stable for several days of measurement. In Table 2, the
resulting butane conversion, hydrogen selectivity, and carbon
monoxide selectivity are evaluated for three different inlet
flow rates. The average (j) and the standard deviation (o)) of
these three characteristic results are calculated over the
tested period of 5 h each and the fluctuation of the catalytic
performance is indicated by a relative fluctuation (rel.fluct.),
which is the standard deviation divided by the mean value
of the different results. Table 2 shows excellent stability dur-
ing these measurements with a maximum relative fluctuation
of 0.52%. Porous ceramic reactors have been tested for up to
40 h of operation without showing any deactivation of the
catalyst. The structure and the surface of the nanoparticles
after 40 h of operation are analyzed by taking TEM images
clearly showing no change of the structure of the nanopar-
ticles compared with TEM images of the fresh catalyst (Fig-
ure 6). EDX measurements showed no change of the chemi-
cal composition of the nanoparticles before and after usage
as catalyst for 40 h, especially indicating that no carbon dep-
osition on the nanoparticles took place during the hydrocar-
bon reforming, as it has been shown in earlier studies.”®

Effect of inlet flow rate and space time

In Figure 7, the measured catalytic performance as a func-
tion of the inlet flow rate of butane/air mixture is shown for
a foam reactor made by the herein presented in-situ sol-gela-
tion method. The butane conversion decreases with increas-
ing flow rate (Figure 7a). The butane conversion stays
between 83% and 84% even for the highest flow rates. The
selectivities toward hydrogen and carbon monoxide show
similarly: No maximum is reached for the 30 x 10~° m? re-
actor within the tested range from 3.33 to 6.67 x 107’ m®
s~ '. The hydrogen selectivity increases almost linearly from
85% to 89% for the tested flow rates (Figure 7a), which is
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an excellent result considering the low operating temperature
of 823 K. For the investigated reactor, almost 73% carbon
monoxide selectivity can be achieved (Figure 7a).

For the reactor of 30 x 10~° m?, the exergetic efficiency
UH,+co increases from 48% to 59% for the highest flow
rates, as it can be seen in Figure 7b, if only hydrogen and
carbon monoxide are accounted for. The total exergetic effi-
ciency pyo is significantly higher than g, co mainly due to
unconverted butane.

Next, the same results are plotted as function of space
time to better account for the effect of this characteristic pa-
rameter (Figure 8). The butane conversion decreases with
decreasing space time (Figure 8a). Both selectivities increase
monotonically for shorter space times without reaching an
optimum within the investigated range of flow rates and
space times (Figure 8a).

As the inlet gas flow of butane as fuel increases for
shorter space times, the absolute exergy of the product gas
usable for the SOFC in form of hydrogen and carbon mon-
oxide grows with decreasing space time and increasing reac-
tor volume, as it can be seen in Figure 8b. Hydrogen and
carbon monoxide with an exergy or flow availability of 3.58
W can be produced at a space time of 17 X 1072 s,

Figure 6. TEM images showing the catalyst (a) and (b)
before usage and (c) and (d) after 40 h of

operation.
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and carbon monoxide selectivity, and (b)
exergetic efficiency of a foam reactor with 30
x 1079 m® reactor volume for different flow
rates.
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exergy of the product gas in form of hydro-
gen and carbon monoxide for a reactor with
30 x 107° m® reactor volume for different
space times.
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Figure 9. Temperatures at three different positions
(inlet, outlet, and 1 mm before the inlet) of the
reactor of 30 x 10~° m® and the resulting devi-
ation relative to the nominal reactor tempera-
ture as functions of the inlet gas flow rate.

indicating a power density of 120 MW m . The exergy
output increases dramatically for space times below 40 x
1077 s.

Reactor temperature

To achieve isothermality, the reactor tube is placed in a
large tube furnace operating at a nominal temperature of 823
K. The outer surface area of the reactor tube is relatively
large compared with the small foam reactor (see Figure 1)
and the low gas flow rates, allowing for considerable heat
transfer from the tube to the ambient, and quartz has a fairly
high thermal conductivity. The silica sand inside the foam
helps to avoid local hot spots inside the reactor and enhances
thermal dissipation.

To prove the assumption of a practically isothermal reac-
tor, the temperature is measured by three thermocouples.
The first one is positioned 1 x 10~> m upstream in front of
the porous ceramic reactor material, the two other thermo-
couples are placed right at the surface of the ceramic at the
inlet and the outlet. The temperatures are shown for different
inlet flow rates of butane/air mixture up to 5.85 x 10~ m’
s~ ! and a reactor volume of 30 x 10~° m® (Figure 9). With-
out any gas flow or with only air flowing through the reac-
tor, the temperatures amount everywhere to 818.7 K, slightly
below the nominal temperature of 823 K. The temperature at
the end of the reactor stays constant at around 818.7 K for
all flow rates, whereas the temperatures at the beginning and
1 x 107 m upstream in front of the reactor increase with
higher flow rates. However, even for the highest flow rate
tested in this study, the temperature at the entrance of the re-
actor is only increased by about 16 K. As the most exother-
mic reactions consume oxygen, the hottest region of the re-
actor can be supposed to be close to the entrance, exactly
where we measure the temperature.

To obtain a better impression of the effect of the low tem-
perature variation within the reactor on the catalytic per-
formance, the influence on butane conversion is analyzed
analytically. From experimental data on the temperature de-
pendence of the butane conversion on the present Rh/ceria/
zirconia nanoparticles and under the same operating condi-
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tions, as shown in an earlier study,” the relative change in
butane conversion rate constant k(75)/k(T,) can be calculated
as 1.2055 for the temperature range between T, = 798 K
and 7, = 873 K. Using an Arrhenius-type equation, the bu-
tane conversion rate constant reads:

k(T) ~exp<— Ea ) (22)

R x

This leads to an apparent activation energy E, of around
14.44 kJ mol " for the consumption of butane.

Considering the nominal temperature of 823 K, the abso-
lute temperature deviation of 16 K results in a low relative
deviation of 2%. When the calculated apparent activation
energy for butane conversion is used for the measured tem-
perature variation of 16 K, the butane conversion rate k
experiences a relative variation or deviation of 4.2%. There-
fore, the assumption of practically isothermal conditions is
clearly acceptable, as the temperature distribution and the
resulting butane conversion vary less than 2% and 4.2%,
respectively, in the worst case scenarios.

Discussion

In addition to the reduction in process complexity, the
herein proposed method offers advantages over the conven-
tional two-step method of coating or impregnating a rigid ce-
ramic foam with a liquid catalyst precursor.

First, in contrast to the impregnation of a rigid ceramic
foam, the catalyst can be easily added to a liquid carrier and
dispersed homogeneously by mixing and stirring. Second,
this method avoids the existence of loose or dry particles
during the production of the porous ceramic as well as dur-
ing its catalytic operation after drying. The usage of loose
particles is delicate or even impossible for clean room pro-
duction techniques and might cause severe health risks. The
method presented herein eliminates the problem of polluting
the ambient by nanoparticles during production and opera-
tion. The dried porous ceramic coheres very well together
and does not require any kind of filters or ceramic fiber
plugs to fix its position. The catalytic nanoparticles cannot
erode from the reactor, which is a crucial problem in packed
bed reactors consisting of loose particles. The dry and rigid
foam-like ceramic adheres well to the substrate or reactor
wall without any gap or void space in between. This avoids
bypassing of gas around the catalytic material.

Finally, the foam-like ceramic can be transported using
flow principles, as described earlier, in the form of a paste-
like precursor to its desired position on a substrate or in a re-
actor. Especially when dealing with a reactor of varying
cross section in small-scale applications (typically a smaller
cross section at the inlet and the outlet of the reactor), this is
a crucial advantage of the foam-like ceramic. These small-
scale reactors are typically made of micromachined wafers
that have to be bonded together. After the wafers are bonded
together it is impossible to introduce a rigid foam into such
a reactor through the smaller inlet or outlet. Introducing the
foam before the bonding procedure is often difficult or
impossible because the rigid foam and loose nanoparticles
are often incompatible with clean room conditions required
for the bonding.
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Structural analysis of porous ceramic

The analysis of the ceramic reactor proves that the herein
presented foam-like ceramic has very appropriate properties
for a catalytic reactor material: an intermediate porosity of
60%, an excellent thermal and chemical stability up to
1123 K, and a homogenous distribution of catalytic active
material. The porosity is a crucial parameter for an efficient
reactor: on the one hand, low porosity and therefore small
pore sizes increase the pressure drop of a gas flow through
the reactor; on the other hand, the void volume has to be
limited to provide a large catalytically active surface area.
This requirement is fulfilled by the foam-like ceramic due to
its multi-scale pores: larger pores of several tens of microns
(Figure 3) and smaller of the order of 1 X 10 m (Figures
4 and 5a) allow for a high convective mass transport at a
reasonably low pressure drop, whereas the nanoporous and
completely covering layer of catalytic nanoparticles leads to
a large surface-to-volume ratio and a low diffusive mass
transport resistance. The performance of the reactor is
clearly reaction-limited and the diffusion limitation is low or
even negligible, as evaluated by using an analysis of the
Weisz modulus (Table 1) for the larger pores between the
silica sand particles and for the layer of catalytic nanopar-
ticles covering the silica.

Considering the very simple and fast manufacturing proce-
dure, the presented method of producing a catalytic porous
ceramic by a direct sol-gelation method in-situ in the final
reactor geometry instead of a conventional impregnation of a
ceramic supporting foam with a catalyst precursor shows all
characteristics necessary for a catalytic reactor material.

Catalytic stability test

An essential requirement of a catalytic reactor for signifi-
cant measurements as well as for potential usage in an
industrial application is the catalytic stability. All reactors of
this study are investigated for at least 40 h of operation
without any sign of catalyst deactivation or erosion (Figure 6
and Table 2). Similar to earlier results of the same catalytic
nanoparticles,7’8 the catalyst does not require any pretreat-
ment to reduce the nanoparticles by contact with an H,-rich
gas flow, as usually done for such catalysts.”>>* One advant-
age of the herein-used catalytic nanoparticles is that no such
pretreatment is necessary, because the catalytic activity of
the Rh/ceria/zirconia is strong enough from the beginning to
convert butane to hydrogen and carbon monoxide. After
about 1 h of fluctuating catalytic performance, all reactors
show very stable operation.

The catalytic stability is a sign that carbon deposition on
the catalyst is not a significant problem for the used catalyst
for partial oxidation of butane, as it has already been sug-
gested in a previous study.8 This finding is strongly con-
firmed by the results of EDX measurements proving that not
significant carbon deposition takes place. The carbon mass
balance for each GC/MS measurement does not show any
soot formation in the reactors either.

Effect of inlet flow rate and space time

The results of the catalytic activity show that the structural
and chemical properties of the foam-like ceramic supporting
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the catalytic nanoparticles do not reduce or interfere with its
catalytic performance. The catalytic activity of the porous
ceramic reactors is as excellent as for packed bed reactors
containing the same catalyst as loose particles.7’8 Maximal
selectivities toward hydrogen of 89% and carbon monoxide
of 74%, respectively, at a simultaneous butane conversion of
84% for the highest inlet flow rate of 6.67 x 107’ m> s~!
(Figure 7a), referring to a short contact or space time of 17
x 107* s (Figure 8a), prove excellent catalytic activity and
the ability to efficiently process butane. The production of
hydrogen and carbon monoxide within a microreactor with a
calculated exergy density of 120 MW m > is a remarkable
result, considering the low reaction temperature of 823 K.
This result is very close to the overall catalytic performance
measured for the same catalytic nanoparticles used in a con-
ventional packed bed of loose particles®: For a total inlet
flow rate of 5.00 x 107" m® s™' and a slightly higher cata-
lyst loading (10 x 107 g instead of 9 x 10> g in the pres-
ent study), butane conversion of 90%, hydrogen selectivity
of 81%, and carbon monoxide selectivity of 66% were
measured. The slightly lower butane conversion and
higher selectivities for the present study can be explained by
the higher inlet flow rate due to the resulting lower space
time, as it has been shown before.® This catalytic perform-
ance is excellent compared with other catalysts considering
the low operating temperature, as it has been discussed in
detail.”*

From the results shown here, it can be expected that the
selectivities toward hydrogen and carbon monoxide reach
maxima for a 30 x 10~° m?® reactor at flow rates signifi-
cantly above 6.67 x 1077 m® s~ ' inlet flow rate (Figure 7a),
which is beyond the range tested for this study. These results
confirm the earlier conclusion from the calculated Weisz
modulus that the reactor is not operated in a mass transfer
limited regime, but rather in a reaction-limited regime.

Reactor temperature

An essential objective of this study is to investigate the
processing of butane at a relatively low temperature of
823 K without large temperature gradients in the reactor.
This is important for an appropriate analysis of the catalytic
behavior of the foam-like ceramic and especially critical for
a potential application in small electronic devices. The
results clearly show that the reactors can be operated at prac-
tically isothermal conditions with maximal temperature dif-
ferences of 16 K, indicating a small relative error of about
2% when compared with the nominal operating temperature
of 823 K (Figure 9). The deviation in catalytic performance,
which is strongly temperature dependent, is insignificant:
The maximum deviation of the butane conversion rate com-
pared with its value at the nominal temperature is only 4.2%
and the assumption of a practically isothermal reactor is fea-
sible. This is due to the reactor design allowing for sufficient
heat transfer between the reactor and the ambient via ther-
mal conduction through the reactor tubes in axial and radial
direction. Although most studies on hydrocarbon processing
focus on well insulated or practically adiabatic reactors in
which necessarily large temperature gradients occur within
the reactor and in the gas flow itself,”*! the configuration
chosen for this work reflects the necessity of small
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temperature differences in practical applications to reduce
thermal stress and thermomechanical failure.

Conclusion

In this study, a novel method is introduced to fabricate a
porous foam-like ceramic containing catalytic nanoparticles
by a direct and one-step sol-gelation procedure. With this
simple and fast method, a liquid precursor already containing
the catalyst can be introduced by flow techniques into the
final reactor geometry, avoiding the common procedure of
impregnating or coating a substrate with the catalytic mate-
rial. The porous ceramic made by sol-gelation demonstrates
excellent properties for a catalytic reactor material, e.g., a
low pressure drop due to its porosity of approximately 60%
and good thermal and chemical stability.

To prove the high catalytic activity and stability of the
foam-like reactor, the reaction of butane to syngas is investi-
gated on Rh/ceria/zirconia nanoparticles in porous ceramic
reactors. The maximal hydrogen selectivity amounts to 89%
and the carbon monoxide selectivity to 74% at a butane con-
version of 84% for the tested reactor of 30 x 10~° m’ reac-
tor volume and the highest inlet flow rate of 6.67 x 107’ m®
s~'. This corresponds to a flow availability in form of hydro-
gen and carbon monoxide of 3.58 W at an exergetic effi-
ciency pp,1co of 59%, which is an excellent result for the
low operating temperature of 823 K.

The effect of operating parameters such as the inlet flow
rate on the hydrocarbon processing is analyzed and it is
shown that the reactor is operated in the fully reaction-lim-
ited regime for the tested conditions. Diffusion mass trans-
port limitations are negligible for the investigated cases.
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Notation

A = cross-sectional area (m2)
flow availability or exergy (W)
= molar flow availability or exergy (J mol™")
= molar concentration (mol m )
= diameter (m)
= diffusivity (m* s~ ")
apparent activation energy (J mol™')
= absolute flow enthalpy (J mol ")
= reaction rate constant (s~ ')
= length (m)
= molecular weight (kg mol™")
= molar flow rate (mol s~})
= number of catalytically active surface sites (mol)
= absolute pressure (Pa)
= pressure drop (Pa)
Peclet number
= reaction rate (mol kg" s7h
= universal gas constant (8.3145 J mol ™! K1)
= absolute molar entropy (J mol ")
Sh,co = hydrogen/carbon monoxide selectivity
T = absolute temperature (K)
u = Darcy velocity (m s~ )
V = volume (m%)
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V = volumetric flow rate (m> s~ ')
X = mole fraction

Greek letters

= porosity
shear boundary layer thickness (m)
butane conversion
= equivalence or C/O ratio
= permeability (m?)
1 = exergetic efficiency
p = density (kg m ™)
¢ = standard deviation
o1, = collision diameter (m)
T = space time (s)
v = kinematic viscosity (m>s7h
O = Weisz modulus
Q = collision integral

2= e
Il Il Il I
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